h i g h l i g h t s " This paper compares single and multiple stages gasification technologies. " A model is developed to predict efficiency and gas composition at each stage. " The model is validated with experimental data taken from a demonstration plant. " Carbon conversion and syngas yield are enhanced when using a two-stage process. " Optimal oxidants ratio and energy demand depend on the aims of different projects.
Introduction
Energy generation and waste disposal are two of the most difficult challenges facing the world today. As the world's fossil fuel resources are depleted, we are facing a mounting crisis of energy supply. At the same time, global population growth and rising living standards increase the energy demand, and the resulting amount of waste material produced is dramatically higher than ever before. Waste-to-Energy (WtE) technologies have an important role to play in resetting this balance. In this context, there is considerable interest in new ways to dispose of waste using thermal conversion technologies, particularly gasification and pyrolysis. Waste gasification, latest addition to Waste-to-Energy technologies, converts solid wastes into green electricity or clean gaseous fuel known as synthesis gas (or syngas). This promising technology has received increasing attention in the past two decades due to the growing demand for clean fuels and chemical feedstocks, as well as the need for reducing dependency on fossil fuels, lowering green house gas emissions and disposing of existing wastes. In general all the advanced thermal conversion technologies, which include gasification and pyrolysis, are increasingly being preferred to incineration and combustion in waste to energy applications. The advantages include higher recycling rates, lower emissions, higher energy efficiencies, lower costs, smaller footprints and reduced visual impact [1] .
Most of the gasification systems from waste are based on hightemperature techniques that use oxygen as a source of heat or as partial oxidation agent. On this regard, there are numerous advanced oxygen-blown gasifiers that are at various stages of development [2] [3] [4] . Among all waste gasification technologies, fluidized bed reactors are the most promising, for a number of reasons [5] . In particular, the enhanced flow mixing between reactants, the nearly constant temperature and the great operating flexibility of fluidized bed reactors make it possible to utilize different types of feedstock, including biomass and solid wastes. These gasifiers usually work as ''partial combustors'', and a portion of the carbon present in the fuel is combusted to support pyrolysis and gasification reactions. Because of the relatively low temperature used to prevent agglomeration and sintering of bed material, the gas that is produced by a standard fluid bed gasifier (FBG) has tars and other condensable organic species that are technically difficult and costly to remove. Furthermore, the bottom ash/char that is generated in the gasifier or pyrolysis fluid bed reactor may contain high levels of carbon, heavy metals and organic pollutants which lower the conversion efficiency of the process and limit any secondary usage. The ash/char residue can be up to 20% of the weight of the incoming material and must be further processed before being landfilled [6] . Tar generation and ash disposal represent the strongest barrier for use of FBG for waste treatment, whereas sufficing for both is only possible with expensive cleaning systems and further processing.
The use of plasma systems has increasingly been applied with thermal waste treatment for its ability to completely decompose the input waste material into a tar-free synthetic gas and an inert, environmentally stable, vitreous material known as slag. The principal advantages that plasma offers to thermal conversion processes, besides the already mentioned tar/ash related issues absence, are a smaller installation size for a given waste throughput, and the use of electricity as energy source, characteristics which permit the technology to treat a wide range of low calorific value materials including liquids and solids. Because of these potential advantages, plasma technologies have been developed for the destruction and removal of various hazardous waste, such as PCBs [7] , medical waste [8] , metallurgical wastes, incineration fly ash [9] , and low-level radioactive wastes. Its efficient application in the treatment of general waste is still under debate though, due to the power required to convert the solid waste to a gas. Only additions of combustion heat supplied by the waste feedstock or a fuel additive make the process suited to large waste streams. Examples of technology development include InEnTec in USA and Alter NRG, in Japan [10] .
In applying the plasma technology to the gaseous products from a thermal gasifier, an advanced two-stage thermal process is able to achieve efficient cracking of the complex organics to the primary syngas constituents whilst limiting the electrical energy demand of the process. Forerunners in this approach are Advanced Plasma Power (APP) in the UK and Plasco Energy Group Inc., Canada [11] . The technical innovation of this approach is to initiate pyrolysis using a conventional gasifier and use plasma power to refine the gas by decomposing and converting the tars, tailoring the syngas for efficient electricity production in gas engines and vitrifying the hot solid residue. The result is large net electricity production while still maintaining excellent environmental standards. This study focuses on an advanced two stage fluid bed gasification -plasma converter technology approximately reproducing the Gasplasma Ò process licensed by the UK company APP [12] . The feedstock consists of different types of refuse derived fuel (RDF) produced from a combination of residual municipal, commercial and industrial wastes. The aim of this study is to develop a flexible model for two-stage processes, capable of providing reliable quantitative predictions of product yield and composition. The model has a systematic structure that embraces atom conservation principles and equilibrium calculation routines, considering all the conversion stages that lead from the initial waste feed to final products. In this manner, a tool able to predict the final composition of the gas, given specified proximate and ultimate analysis of the feed and process operating conditions (pressure, mass flowrate of waste stream, oxidants/feed ratio), is obtained. The same approach can also be used for a parametric study optimizing the effect of the operating parameters (flowrate of gasification agents, plasma power input) on the producer gas composition, its heating value and the process efficiency. The analysis is systematically supported by experimental data from a demonstration plant.
Gasification concepts
The physical and chemical processes which take place between the gasification agents and the fresh solid feed in the conversion route to synthesis gas are complex, influenced by varying feed, process design and operating conditions; nonetheless, the gasification chemistry may be considered as a two distinct conversion mechanisms. When biomass particles are rapidly heated at high temperature (above 600°C) in the reactor, more than 80% of their (dry) mass is rapidly converted into permanent gases and organic vapours, leaving only a variable amount of char and few mineral ashes in the solid phase. With high volatility (more than 60%) and low ignition temperature (250-350°C), RDF starts to devolatize immediately after the injection of the fuel into the reactor [13] . This first step is usually referred to as pyrolysis, wherein water vapour, organic liquids and non-condensable gases, such as CO, H 2 , CO 2 , are separated from the solid carbon (i.e. char) and ash content of the fuel. The vapour/liquid product comprises mostly of polyaromatic hydrocarbons (PAHs) and tar (i.e. dark, oily, viscous material, consisting mainly of heavy organic and mixed oxygenates). Subsequently, the volatiles and char undergo a second gasification step and they modify their composition due to the occurrence of several reactions becoming the final syngas (see Table 1 ). Most of these reactions are endothermic and require a consistent amount of energy to proceed.
The distinction between primary and secondary conversion is based on the different times of conversion of the various processes. Experimental studies have shown that as a result of the rapid heating of the fuel, 90% of devolatilization takes place in a matter of milliseconds, whereas the reminder of gasification processes (mainly heterogeneous reactions) take one or two orders of magnitude longer time [14] . In this sense, char gasification is the most important and critical of all reactions. Though char from biomass usually constitutes a minor fraction of the fuel, its conversion kinetics has a major effect on the performance of a gasifier, for it is the slowest of conversion processes.
From this general concept originates the idea of dividing the gasification process in two different reactor design arrangements, namely 'single-stage' and 'multi-stage' groups.
Single stage process
The aim of a 'single-stage' gasifier is to convert organic substances entirely in one reactor. Depending on the type of operation, the solid fuel is injected into a hot environment, together with oxygen and steam.
As the fuel particles devolatize, the hydrocarbons volatiles undergo gas-phase reaction with the most reactive species in the ambient gas, that is, oxygen. Thus, the oxygen supplies the required heat by reacting with the reactive volatiles [15] . The most commonly used gasification technologies for 'single-stage' processes are fixed bed (up-draft, down-draft, side-draft), entrained bed and fluidized bed reactors (bubbling bed, circulating fluidized bed, spout fluid bed) [16] . A brief comparison of the types of gasification technologies that are utilized for single-stage solid waste gasification is provided in Table 2 .
Fixed bed gasifiers use a bed of solid fuel particles through which oxidants and gas pass either up or down. They are the simplest type of gasifiers and generally operate with high carbon conversion, long solid residence time, low gas velocity and low ash carry over. Fixed beds in single stage mode are usually limited to high grade fuels gasification either by bed stability, or by incipient fluidization and overheating issues. This technology is being considered to be of average strength only for small-scale heat and power applications [17] . Entrained-flow gasifiers are all oxygen blown, slagging gasifiers producing medium heating value syngas [18] . This technology has many advantages such as high efficiency and throughput, and relatively low content of higher hydrocarbons or tars in syngas. For this reason, it is one of the widest used technologies for large power generation applications in IGCC plants and chemical synthesis. However, even after several decades of commercialization on coal treatment, the availability of entrained flow gasifiers is still limited for waste treatment applications. The gasifier's short residence time (seconds) requires the feedstock to be pulverized to less than 1 mm, which make this technology very unsuitable for general waste processing [19] . Fluid bed systems allow a more efficient gasification due to a homogeneous temperature, good flow mixing inside the reactor, rapid heating of the biomass feedstock, and the possibility of including catalyst in the bed inventory to enhance the reforming reactions. They are suitable for various types of feedstock and can be scaled up to relatively large plant sizes. The conversion of char and tar in these reactors relies on a number of physical conditions including temperature, heating rate, residence time and degree of dispersion of the particles in the bed. The fate of the volatiles produced depends, in addition, on the background gas composition, that is, if the pyrolysis is carried out in steam, the product would be mainly carbon monoxide and hydrogen [20] . Fig. 1 is a composite that illustrates the effect of temperature in FBG on some key output variables: char conversion, tar concentration, heating value of producer gas, and ash sintering risk. As we could expect, raising the temperature to certain levels generally enhances the kinetics of slow reactions, producing higher yields of synthesis gas. However, working at high temperatures increases the melting danger of various mineral phases in the system, and promotes coalescence of solid particles. Alkali-induced agglomeration and defluidization of the bed may cause severe operational problems and can be detrimental to the overall process. Furthermore, a higher temperature not always corresponds to a cleaner syngas; many authors have reported that even at the highest temperature acceptable, it is challenging to convert all the PAHs into syngas by non-catalytic reactions or by contact with bed material [19] . This is mainly due to the effect of the additional oxygen added to sustain such high temperatures, which also represent a key factor for the process performance. In fact, the temperature in the gasifier is usually controlled by the oxidant flow which sustains the exothermic oxidation reactions. At the same time, oxygen represents the main reactant for the chemical conversion of biomass/ char particles. Its quantity relatively to fuel addition may conventionally be represented by the stoichiometric ratio (SR), which is the oxygen/fuel ratio divided by that corresponding to complete combustion. Fig. 2 illustrates the effect of change with increasing oxidant addition as the system moves from gasification to combustion. The chemical energy in the gas increases with SR up to a certain le- Table 2 Comparison of single-stage gasification technologies [11, 32] . vel because more volatiles are emitted and more char is converted with increasing temperature. This usually occurs from a stoichiometric ratio of 0.1 up to 0.3-0.4, depending on the composition of the RDF. However, when the minimum oxygen to carbon ratio is exceeded, more fuel is burned to CO 2 and H 2 O and the heat release increases at the cost of product gas, lowering the chemical energy in the gas. This effect is more evident when high quantities of moisture and ash are present in the feedstock material and the oxidant supply rate must be enhanced to generate sufficient heat to sustain the gasification reaction. This represents one of the major drawbacks of working with autothermal gasifiers. Staging of the gasification agent is a valid improvement to create different thermal levels in the gasifier, optimizing the total oxidant input. However, experimental studies [23] showed that injection of secondary oxygen at constant SR, i.e. analyzing the effect of injection in an isolated way, is effective for reduction of phenols and other light tar compounds, but the total tar concentration is still high (a few grams per Nm 3 ) and the proportion of stable aromatic tar compounds in the gas increases significantly. Only the use of an external source of heat would disconnect the chemical oxygen demand for a specific application from the thermal level required to sustain the gasification reactions. Electrically driven ionized gases, such as plasmas, have been involved in fuel conversion and combustion systems over a century and were originally used as a convenient thermal energy source to initiate combustion reactions. Only recently, plasmas have been investigated for their potential to exhibit catalytic effects primarily because of complex interactions of their excited species (electrons, ions, radicals) in fuel conversion reactions [24, 25] . The independent source of heat of the gasifier is a plasma arc, which allows control of temperature independently from fluctuations in the feed, attaining a nearly constant syngas quality [26] . The Joule heating effect is responsible for high gas temperatures in thermal plasmas where power is initially transferred from the electric field to electrons and then to the background neutral gas species by way of a large number of electron-neutral collisions [27] . As a result, any organic molecules in the vicinity break down due to the high temperature conditions and the presence of highly reactive atomic and ionic species, forming a virtually clean synthetic gas [26] . Furthermore, fusion occurs for all inorganic components (glass, metals, silicates, heavy metals) into inert and stable vitrified slag, which finds several applications in construction industry [28] .
In the one stage mode, pyrolysis or gasification is sustained by applying thermal plasma directly onto the waste material, with all of the energy required for decomposition coming from the plasma. This usually corresponds to a low overall energy efficiency because the high energy cost to create the plasma is often comparable to, if not greater than, the heating value of the obtained product [29] . Single-stage plasma gasification processes consume approximately 800 kW h electricity per ton of MSW, corresponding to approximately 2000 kW h of primary energy (assuming an average efficiency of 40% for electricity generation) which is close to the total energy contained in one ton of MSW (i.e. 2500 kW h) [11] . For this reason thermal arc plasma gasification is more used in the treatment of medical and hazardous waste, where a safe and environmentally friendly waste disposal with no harmful emissions is more important than energy production. On the other hand, the syngas produced by single-stage FBG can be used only if the requirements placed on product gas quality are low, as is the case for direct thermal gas use such as co-combustion of hot raw gas in coal boilers [30] or use as fuel gas in a cement process [31] .
Two stage process
The basic concept of a two-stage design is to physically separate the principal unit operations of pyrolysis-preliminary gasification zone from the final conversion zone, involving two different levels of heat intakes. A few similar processes have been proposed for incineration processes based on two staged conversion; examples are Europlasma in France [33] and Ebara in Japan [34] . Applications in waste gasification are more attractive from an energetic point of view, for their unquestionable advantages in producing gas that can be used directly in a power generation process. Most of this type of advanced thermal processes eliminates char gasification as a limiting process step and, consequently, the efficiency of the process depends on how the conversion is organized. In a single stage process, the residual char reacts heterogeneously with the steam and CO 2 with a slow and highly endothermic process that is often accelerated to practical rates by the use of additional oxygen to keep the temperature high. The concept of two-stage gasification is based on providing longer residence time whilst making a more efficient use of the oxygen required to support the endothermic steam reactions. This results in higher yield of synthesis gas than is possible by single stage partial oxidation [16] . Most such processes have been based on two sequential reactors where this can be achieved more easily. Furthermore, the separation and control of the unit operations provides the means for the independent optimization of each operation.
Ebara Co. and Ube Industries Ltd. (Japan) developed a pressurized waste gasification process consisting of the direct combination of a fluid bed gasifier and a high temperature furnace used to generate synthesis gas from plastic packaging waste [35] . Wastes are first gasified in a medium temperature fluid bed to convert most of the fuel into syngas, and the ash is continuously discharged from the bottom of the bed. The second stage is a cyclonic furnace which utilizes the heating value of the gas to decompose dioxins and convert the ash to a molten slag. A first plant of this technology is located in Ube City (Japan) and has a capacity of 30 t/d of plastic packaging waste [35] .
Advanced Plasma Power (UK) developed a two stage process (the Gasplasma process) which combines fluid bed gasification with plasma technology (Fig. 3 ). The fact that the final stage of the thermal process uses plasma as energy source instead of the energy content of the syngas makes the system more suitable for low-energy fuels, such as household and industrial wastes that often cannot sustain their own gasification without additional fuel.
The following description is focused on the core components of the two-stage thermal process developed at APP: the fluidized bed gasifier and the plasma converter.
The gasifier is a bubbling fluidized bed operated in temperature range between 650°and 800°C, with the actual operating conditions depending on fuel characteristics and desired reaction profiles. The gasifier contains a bed of sand particles, and is fluidized with a supply of steam and oxygen whose flow is controlled to maintain the bed temperature and the required degree of fluidization. The gasifier's main function is to decompose the waste and to separate the combustibles and small ash particles from larger inert and metallic particles. The organic components of the RDF (i.e., carbon and hydrogen based material, including food waste, yard waste, paper, plastic, rubber, textiles, etc.) are converted into a fuel gas, which flows upward in the reactor. The fuel gas is in a ''raw'' state, containing combustion gases (H 2 O + CO 2 ), tar, fine char, fly ash, and hydrocarbons, in addition to carbon monoxide (CO) and hydrogen (H 2 ) typically found in a gasification synthesis gas. The percentage of these components in the fuel gas depends on the broader range of feedstock types and C/O ratio used. At the same time, dense inorganic materials (i.e., glass, metals, bones, and stones) drop by gravity to the bottom of the reactor. These materials are removed from the bottom of the reactor, along with some of the sand medium that is used as the fluidized bed of the gasifier. Sand is recycled back to the gasifier and the solid residues, including tramp material, are recovered for recycling or fed to the plasma converter for further treatment.
Fuel gas and carbonaceous particles, both produced in the gasifier, are upgraded together in the second stage of the process: a single carbon electrode plasma furnace at temperatures between 1100-1200°C. Unlike some other gasification technologies, there is no need of intermediate fuel gas cleanup between the gasifier and the ash melting plasma converter. An addition of secondary oxygen feed assists in the breakdown of long chain hydrocarbons and ensures full conversion of carbonaceous residuals to a syngas virtually free of condensable liquids and tars. The gas flow pattern is intended to produce a slow cyclonic action to promote the separation of particulates from the syngas and also to maximize the residence time in the converter. The fine ash particles are collected on the walls, where they are vitrified and proceed slowly down through the furnace. The solid residues extracted from the gasifier and screened from the sand are also fed to the plasma converter and vitrify into a molten slag. This molten (i.e., vitrified) slag flows slowly down the furnace walls and is continuously discharged at the bottom of the furnace. As the slag is discharged, it is immediately cooled in a water bath. This quenching process results in the slag being pulverized into a glassy, granulate material, which is marketed as a construction material. The plasma power is controlled, along with the secondary oxygen inlet, to provide a uniform syngas temperature and destruction of the residual tars and chars contained within the crude syngas. An inert gas is also supplied to the plasma furnace as plasma gas and is usually introduced through a hole down the centre of the electrode.
Downstream of the plasma converter, the syngas can be directed straight to a SOFC stack for power generation, or cooled to around 200°C in a steam boiler prior to cleaning treatment to remove any residual particulates and acid gas contaminants. The refined gas can be then used for power generation (gas engines or gas turbines), for conversion to a liquid fuel, or used as a chemical precursor.
Gasification model

Equilibrium model
The design and operation of a gasification process requires understanding of the influence of fuel and operating parameters on the performance of the plant. Especially for a two stage process, modelling results can provide guidance on the optimization of the gasification parameters, so that one can find the best operation condition between the two stages. Numerous models for gasifiers have been developed [36] [37] [38] [39] [40] [41] [42] . Recent gasification modelling efforts combined an equilibrium model with several kinetic constraints for particular reactor types to reproduce the performance of commercial gasifiers [36, 42] .
Equilibriummodels,whichtakeintoaccountonlythermodynamic limitations, thereby disregarding specific reaction mechanisms and transport rate phenomena, have long been applied to the prediction of product compositions in relation to changes in the operating conditions, providing an invaluable tool for process design and development purposes [41] . A literature analysis has shown that, generally, equilibrium models fail in matching experimental results when the reactor temperature is below 800°C [40, 41] ; particularly, these models are unsuccessful for methane and hydrogen estimated content in thegas [42] .Onthecontrary,thesemodelsgivegoodcorrelationatelevated temperatures (above 1000°C) that occur on advanced thermal processes, yielding predictions in close accord with experimental observation.
A further assumption that is not always valid for practical gasifiers is that the residence time is sufficiently long to reach the equilibrium state [43] . Although determining the intrinsic kinetics of all the reactions may be difficult, a multiple stage route sensibly enhances the residence time of the gas. Initially, the conversion of char and tar, whose kinetic represents the rate limiting step of the process, is related to the effective time of exposure with the hot gas, which in turn depends on the local conditions in the first stage. In a bubbling fluidized bed, flow mixing is generally highly favoured; the interplay of mixing-segregation phenomena relevant to volatile matter release and conversion in fluidized bed was comprehensively studied by researchers at the University of Naples [44] , who provided direct evidence of ''endogenous'' bubble formation and fuel particle segregation. The released volatiles form endogenous bubbles around the devolatilizing particles, lifting coarse fuel particles to the bed surface. Fuel particles remain segregated at the bed surface as far devolatilization is active, whereas the residual char is continuously re-circulated in the bed once devolatilization is complete. Thus, entrainment of coarse char particles during the first stage is negligible in a bubbling unit, whereas entrainment of finer char particles may be severe [45] . The second stage plays a critical role in this sense; the furnace geometry is intended to produce a slow cyclonic action to avoid short circuiting of particles, which receive maximum exposure to the intense ultra violet light within the converter. Kinetic restrictions are then avoided by the synergy between high operating temperature and long residence time in the process, so the system closely approaches equilibrium.
Thermodynamic equilibrium formulation
At this level of analysis, the gasification is treated from a purely thermodynamic point of view, and therefore the results are applicable to both stages, namely, single stage gasifier and plasma converter. For a given set of inlet conditions (feed composition and oxidant flowrates), the exit conditions are computed assuming thermodynamic equilibrium.
Two basic approaches can be used for chemical equilibrium calculations: algebraic and differential. The former is conceptually the easier of the two to understand and it is based on the simultaneous calculation of equilibrium constants for a given set of constituent reactions. An example of this method is the series reactor model, where a certain number of independent reactions proceed to equilibrium sequentially, and the process is repeated iteratively until the extent of reaction in each reactor is below some tolerance. The second approach, also known as non-stoichiometric approach, minimizes the total Gibbs free energy (G) of the system subject to the mass balance of individual elements and non-negativity constraints. The method that best fits the case in point for solving the simultaneous chemical equilibrium problem is the G-minimization technique, for it does not require knowledge of any independent set of chemical reactions, whose characterization turns out to be quite difficult in this process. The Gibbs method is based on the concept that at chemical equilibrium the total Gibbs energy of the system has its minimum value. By attempting to minimize the total energy of the system, individual equilibria constants are not considered. Rather, the possible reaction species are noted, and the distribution of these species is established using a general mathematical technique to give a minimum free energy for the system. The solution so achieved will satisfy all expected equilibria and be accurate within the limits of the thermodynamic data. The equilibrium formulation here presented follows the general framework of single-stage equilibrium models long reported in the literature [38, 39] .
As listed in Table 3 , 43 species are considered in the system, including a variety of hydrocarbons, oxygenates and PAHs; this is quite easily accomplished with this method as there is no need to specify the reaction network. The ash is considered to be inert, adding only to the thermal capacity in the reactor.
For a system at constant temperature and pressure, the criterion of equilibrium is given by:
where the variations in number of moles of gaseous species i, n i are not independent: they must conform to the element balances, which are treated as constraint equations. Let b j be the total number of atoms of the jth element present in the system, as determined by the initial composition of the system. Let a ij be the number of atoms of the jth element present in a molecule of chemical species i. The element balance can then be written as
where the constituents are made up of k elements. Thus, the constraint equations are given by:
The chemical potential of the ith species l i can be calculated by:
where f i is the fugacity of species i, R is the universal gas constant and T is the temperature. The superscript 0 refers to the standard state of a substance, thus G 0 i and f 0 i are the standard Gibbs free energy and the standard fugacity of species i, respectively. Since fugacity can be expressed as the product of partial pressure P i and a fugacity coefficient /, Eq. (3.4) can also be presented as
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A two stage processes work with reduced gas stream volume and high-energy density. For this reason the pressure is normally very low, and the gas approaches ideal behaviour. Therefore, f and P can take on the same value of 1 bar, and Eq. (3.4) can be rewritten as
where y i is the mole fraction of gas species i. DG 0 f ;i is the standard Gibbs free energy of formation of species i, and it is by definition zero for all the elements in their standard states. Substituting these into (3.1) and integrating gives:
The problem is to find the set of n i which minimizes the objective function G tot for a specified T, subject to the constraints of the material balances (3.3). 
Thermodynamic properties
In order to minimize the total Gibbs energy to predict chemical changes, we need to know the standard free energies of formation of each chemical species at specific temperature, DG 0 f ;i (T). For this purpose we can combine the standard enthalpy of formation, DH 0 f ;i (T), and the standard entropy of a substance, DS 0 f ;i (T), as:
Computational codes for equilibrium calculations require thermodynamic properties in a simple form which can be evaluated quickly, in function of temperature variations. To fill this need, polynomials approximations are often used to calculate enthalpy, heat capacity, and entropy of an ideal gas [46] .
For example, the functional form for the heat capacity at constant pressure, C P ðTÞ; is a fourth-order polynomial:
Values for the entropy and enthalpy can be predicted from this equation by the appropriate thermodynamic relations:
where b 1 and b 2 are integration constants. Solving the integrals lead to a polynomials form with six constants:
The standard enthalpy of formation represents the heat change associated with the formation of the substance from the elements in their most stable forms as they exist under the standard conditions of 1 atm pressure and 298 K. Thus, for all reference elements: The enthalpy of formation is then computed by following the definition that it is the enthalpy change associated with the formation from its stable elements at temperature T:
where m i is the stoichiometric coefficient for element i. For example, the enthalpy of formation of CO at 1000 K is: 
Energy balance
The computation of the basic energy balance of the two-step process is an initial and important step in the evaluation. Further-more, the inefficiencies associated with each unit operation are incorporated in the analysis, and therefore the computation leads to a realistic estimation of the process efficiency.
Generally, in autothermal gasification, the heat generated from the exothermic reactions is consumed by the endothermic reactions, and the rest is converted to sensible heat which raises the temperature inside the reactor. The majority of the energy input to the thermal process is derived from the controlled oxidation reactions of the solid fuel at the gasifier and eventually in the converter; however, another relevant contribution in terms of energy input is that of the plasma arc for the ash vitrification. Determination of equilibrium composition at each exiting stream requires the value of the two reaction temperatures for the gasifier and the plasma converter. To obtain these values, an energy balance is performed for both steps:
Q loss is the heat loss in the respective gasification step. We estimate this value to be 10% of the HHV of the feed stream entering the relevant conversion stage. W power is the electric power supplied by the plasma arc. It comprises of the electric devices inefficiency (10%), the energy required for melting the inorganic components (10%) and the heating effect on the surrounding gas (80%). No chemical reaction was considered in the melting process. All the enthalpies can be calculated by Eq. (3.10). For solid fuel, the definition of representative formation enthalpy based on the LHV, can be used to facilitate calculations [47] :
where H 0 f ;i is the enthalpy of formation of product i under complete combustion of the RDF, and LHV is the lower heating value of the solid fuel.
The preliminary conversion process and the input data
Application of the thermodynamic equilibrium code to a twostage process is not as straightforward as in the case of single-stage processes. One of the main requirements of a two-stage approach is that in the gasifier stage only a part of the input biomass is converted to gases while the remaining part is entrained as char into the next stage [48] . This consideration suggests that, at least in the first stage modelling, further relations that vary carbon concentration with varying process conditions should be present. The reaction network chosen for this preliminary part comprises of devolatilization of the RDF and oxidation reactions. The drying process was assumed to occur in parallel with the devolatilization. Hence, the first step of the calculation procedure is:
The released volatiles from pyrolysis were assumed to have been cracked into an equivalent amount of CO, CH 4 , H 2 O, N 2 , Cl 2 , sulphur and solid carbon. In this equation CH m O p N q S r Cl s is the RDF brute formula, deducible from its ultimate analysis, on mois-ture and ash free basis. Solid carbon in the form of char falls by gravity through the expanded bed, where the steam-oxygen feed ensures that it is further consumed, according to the following reactions:
The splitting factors a and b in the two heterogeneous reactions determine the ratio of conversion of char to carbon monoxide, carbon dioxide and hydrogen. There are empirical correlations available for the prediction of a and b. The correlations given by Linjewile and Matsui [49, 50] were used in the present model giving a % 1.3 and b % 1.2 for temperature operating in the range of 700°to 800°C. If an excess of oxidant agents is present, they will be simply taking part in the gaseous species equilibrium, whereas if oxygen and steam are all consumed, the remaining char is treated as inert. The gasification model so conceived gives birth to a solid carbonaceous residue that, on the basis of the chemical reactions chosen for the pre-equilibrium step, if it is not further consumed, constitutes the unreacted solid carbonaceous residue from the first stage.
The solver
Various methods have been used, to date, to analyse and optimise systems and processes of this type that have been mathematically modelled as a set of non-linear equations [51] . One of the most efficient responses to the problem of analysing and optimising these types of problem is that of using the Generalized Reduced Gradient (GRG) algorithm. The calculation procedure, including the preliminary conversion process, the minimization of the objective function, as well as the mass and energy balance for the two sequential stages, can be directly solved by using a spreadsheet's Solver feature. The Solver applies the GRG method to solve the non-linear programming problem, and features an enhanced flexibility in changing the models parameters. Fig. 4 shows the structure of the equilibrium model for the twostage process. The first stage of gasification implies adding sufficient oxidants until all the feedstock is converted into the gaseous phase. This is covered by the first part of the model that functions independently from the iterative procedure, and is used to determine the gas composition to initiate the equilibrium calculation. When starting the iterative part, the initial value for the temperature is taken to be 500°C, which represents the lower limit for pyrolysis to occur. This value is used for the calculation of the producer gas composition in the part of minimization of Gibbs free en-ergy. The assumed temperature and producer gas components are then implemented into the energy balance. Solving the energy balance equations at non-equilibrium temperatures may lead to net equations. If enthalpy and heat transferred values are known for each equation, the result will be a residual net enthalpy DH in the energy balance, as a function of temperature:
If the value of DH is a negative value, the reaction temperature will be automatically reduced until becomes zero. On the other hand, if DH is positive, the code will automatically increase the value of temperature. After adjusting the reaction temperature, the Gibbs minimization and the energy balance routines are ran again. These iterative procedures are encompassed in a unique VBA macro-defined in the spreadsheet and are continued until the net enthalpy content from the energy balance approaches zero.
Once the procedure finds the equilibrium conditions in the first stage, the model enters the following step with those values, repeating a similar iteration for the second stage of the process. Conditions here vary essentially for the additional term in the energy balance, due to the plasma heating effect, and the secondary oxygen feed, which both increase the sensible heat contained in the product gas.
Experimental apparatus and materials
In order to validate the simulation results, five different solid waste (described in Table 4 ) gasification experimental data were used. The tests were performed in the APP demonstration plant in Swindon (UK), which is in constant use for development purpose and testing of new materials. Its major components are the following: a fluidized-bed gasifier, a biomass feeder, a plasma converter, a heat recovery unit, a dry filter, a wet scrubber and gas engines for power production.
The compact FBG employs a heated bed of calcined clay (mullite) ceramic material suspended in a rising column of hot gas. RDF feedstock is fed continuously, at a controlled rate, to the FBG through a solid fuel feeder system. In the solid fuel feeder system the as-received feed is transferred by a belt conveyor to a surge hopper where a variable-speed screw feeder modulates the volumetric feed rate of the solids at rates of up to 100 kg/h. Fig. 4 . Calculation procedure for a two-stage process.
The individual steam and oxygen feed rates are closely metered to match the feed rate of the RDF in order to ensure that the gasifier operates within the designed operating limits. The oxygen and steam feeds are mixed prior to injection through an upward facing nozzle located below the bed. Multiple pressure and temperature sensors are used to monitor and control closely the FBG operation.
In operation, the crude syngas from the gasifier flows via a refractory lined duct to the plasma converter. The desired mode of operation in the furnace is assured by changing the position of the graphite electrode. Oxygen and additional steam, if required, is axially injected into the gas stream at the point of entry into the converter. The high temperature and addition of oxidants at the converter stage promotes the cracking and reforming of organic species and gasification of sooty and char products. The power to the plasma arc is controlled to maintain the temperature of gases exiting the unit to ca. 1050-1150°C. Ash particulates carried over from the gasifier drop out and are assimilated within the melt, which is intermittently removed from a tap hole in the bottom of the furnace.
Downstream of the plasma arc converter, the syngas is cooled from 1000°C to 200°C in a heat exchanger prior to treatment to remove any residual particulates and acid gas contaminants. This includes a dry filter (incorporating a ceramic filter unit with sodium bicarbonate dosing and activated carbon) followed by a wet scrubber. The refined gas is then directed to a gas engine for production of power before the oxidised gases are released to atmosphere. The demonstration plant conditions are fully automated to maintain optimal conditions at all stages of the process. Extractive sampling was used to analyse the syngas from the fluidised bed gasifier and from the plasma converter unit. The moisture content, the organic species, CO, CO 2 , NOx, SOx and HCl were measured using Fourier Transform Infrared Spectroscopy (FTIR). The FTIR cannot measure diatomic molecules thus the remaining components (mainly hydrogen, nitrogen and oxygen) must be derived by difference and cross-checking calculations.
The prepared waste used from the experiments came from a number of waste treatment facilities in floc form, in a density range of 150-250 kg/m 3 and particle size between 10 and 25 mm. Table 4 presents the experimentally derived proximate analysis (wet basis), ultimate analysis (wet basis) and gross calorific value (GCV) of some of the waste usually used for trial runs. In Case 1, the RDF is prepared from blends of 50% automotive shredder residue (ASR) and 50% MSW, whereas in Case 2 it is landfill mined waste. Cases 3 and 4 treat the same RDF prepared from blend containing 50% MSW and 50% commercial and industrial (C&I) wastes, but the latter is higher in moisture content. Finally, wood pellets were tested to see the difference in the treatment of ligneous biomass (Case 5).
Results and discussion
Experimental validation of theoretical model data
Comparisons between experimental and theoretical model data are here reported. Fig. 5 shows the comparison between experimental and modelpredicted exit temperatures for a single stage FBG and a typical 2stage process comprising of fluidized bed gasifier and plasma converter. The comparison is fair, with the predicted values deviating from the experimental results within the range of 3-6%; however, it is surprising that the model-predicted gasifier temperature is generally lower than the experimentally measured FBG exhaust temperature, which also tends to fluctuate significantly over time.
The reason for this will be discussed in more detail later. Fig. 6 shows the comparison between experimental and model predicted gas compositions for a few gaseous species. As previous studies already stated [36] [37] [38] [39] [40] [41] [42] , the only components present at concentrations higher than 10 À4 mol% at equilibrium beyond 700°C are CO, CO 2 , CH 4 , H 2 , N 2 , and H 2 O. For the sake of simplicity, all the hydrocarbons measured data were enclosed in the label VOC (Volatile organic carbon). It is clearly evident that the gas stream exiting the single FBG shows a marked divergence from the predicted thermodynamic equilibrium conditions, whereas a very satisfactory agreement is found for the 2-stage process.
Two possible reasons for the discrepancy between the observed and predicted temperature and gas composition results on the first stage were investigated.
As stated in Section 3, the solid carbon, which moves to the gas phase by the Boudouard and carbon-steam endothermic reactions after the supplied oxygen is completely consumed, barely reaches an 80% conversion in reality, as also supported by numerous literature references [36, 41] . Because the stoichiometry of the preliminary conversion process is usually beyond the carbon boundary point, which is obtained when exactly enough gasifying medium is added to avoid carbon formation and achieve complete gasification, its direct application to the gasifier stage implicitly considers a 100% complete carbon conversion. That results in some discrepancy in predicting gas composition and temperature in the gasifier. Furthermore, an examination of the gasifier exit gas composition ( Fig. 6 ) revealed that up to 10% methane and other volatile organics were present in the measured data, while almost no methane formation was predicted by the model. VOC formation has a double effect on the exhaust temperature. First, its formation is exothermic, and second, for a given biomass carbon conversion, production of methane and other short-chain hydrocarbons decreases the production of CO and H 2 , both of which are endothermic in nature. This also explains why the measured concentration of CO and H 2 is much lower than would be predicted from theory.
It is worthwhile to note that the experimental results obtained from the single and 2-stage treatment of several feedstock types are in line with each other. Only for the treatment of wood pellets (Case 5) they are notably different, especially in the FBG unit. Fig. 6 shows that in this case the levels of organics out of the first stage are lower, whereas the concentrations of CO and H 2 are more closely in line with thermodynamic predicted values. The reason can be imputed to one of the most notable differences between RDF (especially those which are high in plastics like in Case 3) and ligneous biomass. The latter is lower in ash content and has a higher level of ''fuel oxygen'' which would be immediately available to take part in the gasification reactions during the preliminary thermal decomposition (pyrolysis) occurring in the first stage. This Table 4 Experimental parameters and characteristics of solid wastes (as received) [52] . characteristic overcomes in part the issues related with transport phenomena and flow mixing between the particles and the gaseous species within the first stage, promoting the carbon conversion and enhancing the kinetics of gasification reactions. These differences in the syngas quality are in effect reduced in the second stage, due to the flexibility of the system in ''tuning'' the power demand with the oxygen partition, optimizing the conversion of char from different waste types. The compositions of the predicted and the actual syngas out of the entire process are virtually identical and include also the inert gas (mainly Argon) used for general inerting duties. Note that these values are for a gas generated in the demonstration plant unit which contains relatively higher levels of inert gases than would occur in an industrial system. When the effect of the plasma gas is accounted for, the hydrogen concentration is around 30% in volume, and the projected GCV of the syngas is usually around 10 MJ/ kg.
The actual conversion is also influenced to some extent by the effective CO/CO 2 ratio, with higher ratios leading to marginally higher conversions, hence approaching the thermodynamic equilibrium conditions. In the 2-stage process a complete conversion is achieved, and this is more evident from the comparison of process parameters in Fig. 7 , where CO/CO 2 and H 2 /CO mole ratio data from experimental trial runs processing different wastes are normalised for direct comparison. On the plasma side, the comparison is good, showing that the carbon conversion efficiency and syngas quality achieved using a high-temperature 2-stage process tends to be higher than many other systems operating in a single stage. This is in part due to the further conversion of residual tars and chars into volatile carbon components such as carbon monoxide and methane. in the plasma converter. Furthermore, the high capture efficiency of fly ash along with the vitrification converter system, allows the residual carbon in the ash to react with the gas-phase to form more CO and CO 2 .
Energy efficiency
Once it is established that for a thermal two-stage gasification process the product composition can be predicted from thermodynamics, one can proceed to impose process specific arrangements to optimize the performance of the process. The first step of the process is a preliminary conversion of RDF which produces mainly pyrolysis gas, ash, and char, along with other liquid organic contaminants. As for now, char is not used in the process. Hence, conditions should be chosen to maximize the energy content of the raw syngas. Two major process specific limitations are identified at the first stage: a lower limit temperature for the kinetics of gasification reactions, and an upper limit temperature at which ash sintering and agglomeration become important issues. Reported experimental data on RDF gasification in fluidized bed reactors indicate that these temperatures are about 680 and 820°C, respectively [22] . These values then set the limits on the amount of oxygen required at this stage. As already said in Section 2, a single stage unit would also depend stoichiometrically on the oxygen supply to sustain the partial oxidation reaction of char, with a minimum oxygen-carbon ratio of about 0.4-0.5 required. However, in a two-stage process there is no limit on the overall oxygen to carbon ratio, for the char conversion is completed in the second stage by the aid of the plasma arc power.
The second step of the process is the complete char conversion and thermal tar cracking which breaks the pyrolysis gas down to a syngas mixture containing only CO, CO 2 , H 2 , and H 2 O. There are not particular temperature limitations in the plasma converter; however, the process conditions should be chosen to minimize the amount of power supplied by the plasma electrode. Tars, aromatic compounds and the remaining char can undergo partial oxidation by precisely controlling the amount of the secondary oxygen inlet fed into the plasma-arc reactor. The heat released in the exothermic reactions provides additional thermal energy for the primary gasification reaction to proceed very rapidly, reducing the heating power required by the plasma electrode.
As the composition of the syngas is one of the variables to be considered, the process optimization has to be performed for both steps simultaneously. The parameters which can be varied are the steam to O 2 ratio in the FBG unit and the plasma arc electrical power demand in relation with the secondary oxygen inlet in the plasma converter. Fig. 8 shows the effect of steam to oxygen ratio on the final syngas quality. As the steam/oxygen ratio increases the CO/CO 2 ratio decreases, while the H 2 /CO ratio increases.
Such shifts in gas composition with increasing steam/oxygen ratio are strongly indicative of increasingly favourable conditions for hydrogen formation in accordance with the water gas shift reaction. However, steam addition reduces the temperature of gasification and more oxygen has to be added to maintain the temperature level, lowering the heating value of the fuel gas produced. In a two-step process this does not necessarily represent an issue; as we discussed before, a two-step thermal process can work with lower oxygen to carbon ratio compared to conventional singlestage gasification.
In order to evaluate whether the steam addition in the FBG positively compensates for the plasma power demand in the second stage, the relationship among plasma power and heating value variation should be considered synthetically. The cold gas efficiency (CGE) is a standard criterion that is frequently quoted for traditional gasification process. This concept is modified and applied to a two-stage gasification process in this model:
where _ m syngas and _ m RDF denote the mass flow rates of syngas and feedstock, while GHV syngas and GHV RDF mean the gross heating values of syngas and feedstock on mass basis. W power denotes the power of plasma supplied in the arc electrode. By keeping constant the oxygen inlet at the first stage, Fig. 9 shows how the ratio between the oxygen injected in stage-two and the total injected oxygen (oxygen partition ratio or OPR) affects the cold gas efficiency of the process.
An increase in secondary oxygen inlet flowrate is generally accompanied by reduced plasma power consumption, thus maintaining a constant high level of thermal energy to complete the gas reforming. In fact, keeping constant the temperature of the syngas exiting the plasma converter, the increase in this parameter involves a greater extent of the exothermic reactions, and, as a consequence, a lower electric power W power is required by the plasma arch torch.
With the increase of secondary oxygen intake (i.e. higher OPR), the change of CGE can be divided into two different parts. Initially, when OPR increases from 0 (i.e. no secondary oxygen inlet) to near 0.2, the CGE decreases slowly and approximately linearly from 0.83 to 0.80 (Case 2). This irrelevant change may be explained by a selfcompensating effect determined by a lower GHV with decreasing the power consumption. If on the one hand, an increase in W power should in fact lower the CGE, on the other hand plasma action plays a crucial role in the process of conversion of char to CO rather than CO 2 , enhancing significantly the gas heating value, which is key in Eq. (5.1).
On this evidence, when reducing to zero the plasma input, whilst greatly enhancing the oxygen, the syngas quality is significantly diminished, leading to a more rapid decrease in CGE. The additional oxygen supplies the required heat by reacting with the reactive syngas, and hence, the ultimate CGE is drastically reduced by virtue of the low GHV having a predominant role; that is, by the time the system reaches the high temperature required for ash vitrification and tar reforming, more gas reacted to form H 2 O and CO 2 . Similar trends for syngas GHV and CGE are found for different feedstock cases. Fig. 9 shows the enormous benefit of working in combination with plasma and fuel oxidant streams. It is clear that the energy efficiency for the process sharply decreases when plasma is switched off. Thus, it would not be profitable to alter the gasification extent only by increasing the oxidant inlet. Different applications suggest the operational ranges where the second stage conversion takes place.
Depending on the RDF's calorific value and ash/moisture content, the operational range of this second stage is determined by fixing one or more quality parameters, e.g. the final GHV. A typical case is the syngas generated limiting the plasma power between 0.15 and 0.2 kW/kg RDF. This clean syngas has a GHV in the range of 9-13 MJ/kg, and is widely suitable for electric power generation via gas engine in the range of 0.95-1.27 MWh/t RDF with a net electrical efficiency (NEE) of 23-30% [12] .
However, the choice of the parameter values does not only depend on the thermal value of the syngas or on the thermodynamic efficiency of the process but also on the potential use for the cleaned gas generated. Let us consider, for example, the use as precursor for synthesis of natural gas (BioSNG), which is a typical case. A high H 2 /CO ratio is required, and the use of only plasma, with eventually additional steam, may be essential for the process. Hence the optimum choice of operation parameters should be based on the detailed process requirements for different projects.
Conclusion
Despite the unfavourable characteristics of RDF and the complex design of the system, the sequential gasification + reforming equilibrium modelling considered in this study can reach good process parameters predictions and appealing energy performance testing capabilities. The study effectively demonstrated that the two-stage gasification system significantly reduces the concentration of condensable tars in the syngas, improving the gas yield of the system and the carbon conversion efficiency which is crucial in other single stage systems. There is close correlation between the observed and predicted values of the syngas exiting the plasma converter, although the actual level of CO is still $1% below the theoretical value while the CO 2 level is 1.5% higher. The noted differences are likely due to flow and RDF composition uncertainties rather than from the predictive model. Given the size and configuration of the demonstration plant and the inherent variability of real RDF uncertainties are to be expected.
On the contrary, the known deficiencies of single stage process, have led to the theoretical prediction of the gas composition at the exit of the first stage deviating significantly from the values derived from the trials. It is evident that there are rate controlling mechanisms operating, including the rate of cracking of the organics and the rate of mass transport of the bulk oxidants to the surface of the fuel which make the equilibrium model unsuitable for the FBG, and in general for any single stage process operating with solid wastes. From a practical point of view, this is of no consequence, as the gasification reactions are completed in the plasma converter and it is the composition of the gas output from the second stage which is critical. The equilibrium condition is always attained for high temperatures and long residence time; thus, the model proposed in this work is suitable for predicting in a twostage thermal conversion technology. The layout of syngas LHV and CGE have been calculated and analyzed. It was found out that high GHV and CGE values are maintained in different power and oxygen conditions. The reason is that addition of plasma power into the converter decreases the amount of secondary oxygen required for complete gasification and produces larger amounts of CO and H 2 in the product gas. The optimizing direction for the two-stage process can only be determined after considering the detailed aim and situation on different projects.
